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Abstract

A two-phase model for the production of acetic acid is presented and simulation results
are compared to results obtained for a one-phase model described in a previous study. It is
shown that the new model yields significant improvements in describing both the nonlinear
steady state and the dynamic transient behaviour as can be seen from comparisons with
measured data from the real plant.

1 Introduction

Acetic acid is an important intermediate product in industrial organic chemistry. Currently,
different processes are used for the production of acetic acid on an industrial scale [2,1]. In this
contribution, focus is on methanol carbonylation, where acetic acid is produced from methanol
and carbon monoxide according to

CH3;0H + CO — CH3COOH, AHpg=-138,6 kJ/maol. (1)

The reaction is markedly exothermic and is carried out in homogeneous liquid phase using
rhodium carbonyl catalyst and iodide promoters according to the Monsanto process [2, 1].

A simplified flowsheet of a typical production plant to be considered in this contribution is
shown in Fig. 1. The plant consists of a reaction and a separation system, which serves for the
purification of produced acetic acid. As a first step towards the development of model based
plantwide control strategies for this type of process a dynamic model of the reaction system has
been developed. The reaction system consists of a stirred tank reactor where conversion takes
place in the liquid phase according to Eq. (1). A part of the reaction mixture is vapourized
through the heat generated by the reaction. The vapour is condensed and recycled into the
reactor. In addition, a flash unit has to be taken into account, which is used for the separation
and recycle of the rhodium catalyst.

In a previous study a very simple reactor model with a single homogeneous liquid phase has
been developed [9]. It has been shown, that this model exhibits pronounced ignition/extinction
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Figure 1: Production of acetic acid according to the Monsanto process.

phenomena, which are related to the existence of multiple steady states over a wide range
of operating conditions. Instead, in this contribution a two phase model will be presented,

which takes into account partial vapourization of the reaction mixture and finite solubility of
gaseous carbon monoxide in the liquid phase. The nonlinear steady state and dynamic transient

behaviour of the two phase model is analyzed and compared to the predictions of the model

mentioned above. Finally, it is shown that the two phase model is in good agreement with

measured data, which have been obtained from an industrial plant in Sewerodonetsk (Ukraine)

with a capacity of 150 000 t/a of acetic acid.

F

2 The Two-Phase Model

The considered reaction system consists of the reactor itself, followed by a condenser, and a
flashdrum, as indicated in Figure 2. The underlying modular modeling strategy is to first de-
velop models for each basic unit (i.e., reactor, condenser, and flashdrum) and then to aggregate
these basic models to obtain the overall model of the reaction system. This way of modeling is
in accordance with the philosophy of the simulation environment DIVA [4].

For each of the basic units an equilibrium model is developed, i.e., liquid and vapour phase are
assumed to be in thermodynamic equilibrium. Two slightly different versions of the model are
considered. :

1. Model 1 neglects the finite solubility of carbon monoxide in the reaction mixture, i.e.,
it is assumed that CO dissolves completely in the liquid mixture inside the reactor. It
is assumed, in addition, that the catalyst cannot be vapourized, and hence equilibrium
conditions are only formulated for the NC components water (index H>0), methanol
(MeOH), acetic acid (AcH), and methyl iodide (Mel), whereas the NI components
CO and rhodium (Rh) do only occur in the liquid phase model equations.

2. Model 2 takes into account the finite solubility of CO which is described in form of ideal
solubility by an application of Raoult’s law. The problem with this approach is that it
becomes necessary to compute the vapour pressure of CO in the super-critical region.
To overcome this difficulty we follow a proposal by Prausnitz et al. [7] who suggest to
apply extrapolation of the vapour pressure of CO on a linear plot of In(ps,co) versus
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# from physically meaningful data to the temperatures needed for the problem under
‘consideration.

~ Note that for both models it is assumed that the remaining rest of CO in the product stream

P is separated before this stream enters the flashdrum (see Figure 2). In addition, for Model 2
another CO-separator is inserted after the condenser (not shown in Fig. 2). This corresponds
to the real situation observed at the industrial plant in Sewerodonetsk. In what follows, the
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Figure 2: Configuration of Model 1

equations describing the modular systems of the overall Model 1 are presented. Where necessary,
the modifications for Model 2 are added.

L]

2.1 Model of the Reactor (Index ‘R’)

The assumptions made in order to obtain a mathematical model of the reactor are

1. Only the brutto reaction given by Eq. (1) is considered. Therefore, only the educts
methanol and carbon monoxide, product acetic acid, rhodium catalyst, promoter methyl
iodide, and the additional component water have to be taken .into consideration. By-
products are neglected.

2. The molar holdup of the vapour phase is assumed negligible compared to the liquid
holdup (n% = 0).

3. The volume of the liquid reactor mixture is constant (Vg = const). At the real plant this
geometric constraint corresponds to an overflow with fixed weir height.

4. The reactor is assumed to be adiabate.

5. The pressure inside the reactor is constant (pr = const), corresponding to ideal pressure
control. :

6. The kinetics of the brutto reaction can be described by [3]
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Since the reaction is of order zero with respect to the educts MeOH and CO, the Kronecker
symbol § is introduced to take into account that the reaction rate vanishes when one of the
educts is totally consumed. Within the framework of the simulation environment DIVA this
discontinuity problem is handled by the concept of event-functions [5).

Using these assumptions and introducing the auxiliary variables

NC4+NT
RSrupr = F+K+L-P-D— Y yirgV},
=1
and
RScupir = F:;.P+K.z-§£+1;z;,,—Pz;,R—Dz?,R—Ffrquz,

i=1,...,(NC +NI),

(originating from the total (TMB) and component (CMB;) material balances
dnp/dt = RSeump,r and dn]p/dt=RSkmpR, respectively), we come up with the
following equations describing the dynamical behaviour of the reactor:

Vg dz;
CMB;: F:: —E!:ﬂ"—_"RSCMB.i.R"“ziﬂ RSrympr, i=1,...,(NC+NI- 1), (4)
NC+NI i
summation condition liguid (SCL): L SEpel, : (5)
=1

NC

comstant volume (CV): Zﬂ: r RScuBir=0, : (6)
i=1

(]

energy balance (EB): ?ﬂ Fhp+K hx+Lhy—Phl—DhY

NC :
~ 3 hip RScmpir+hocoRScus,cor =0, (7)
i=1
vapour liguid equilibrium (VLE): i p PR ¥R = %R T} R PaiR Poisms §=1,...,NC,(8)
' NG
summation condition vapour (SCV): Y z{p=1. (9)
i=1

In these equations the quantities A} r and o] p are the partial molar enthalpies and volumes of
the different components. For simplicity, it is assumed that they are equal to the corresponding
quantities of the pure components, i.e., excess enthalpy and excess volume are neglected in (7)
and (6). As the necessary data to describe the molar enthalpy of CO are not available, the
standard enthalpy of creation hg,co is used. Further, quasi-steady-state behaviour is assumed
for the temperature. Consequently, the corresponding contributions in the total differential of
the enthalpy and the volume have been neglected in Eqs. (6) and (7). This is known to be a
very useful model assumption for many reactive as well as nonreactive processes, as shown in
[6]. Hence, Eqgs. (6) and (7) are algebraic equations for the unknown vapour and liquid flow

rates in the outlet. ' :

For Model 2 we have to add the equation zgp & (ps,co,r/PR) - Tgor s describing ideal
solubility of CO, and the upper boundary of equation (9) has to be corrected to NC + 1.
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2.2 Model of the Condenser (Index ‘C’)

The assumptions for the model of the condenser are similar to and follow from those stated
in the previous subsection for the reactor. To be more precise, assumptions 2, 3, 4 and 5 are
adjusted and applied to the condenser model. Moreover, it is assumed that the condensation
is complete and instantaneous. Then the model equations describing the condenser are

' di
CMB;: ? —jt-'E = RScmB;ic — E:Tg RSempec, t=1l,....(NC - L), (10)
c
NC
SCL: Zz:c =& (11)
NC
CV: Z“E,C RScmpic =0, : (12)
=1
NC i
VLE: L S e (13)

& Puic Poisc NiC
As in the previous subsection we have introduced auxiliary variables, namely
RSrypec = D—-K, (14)
RSempic = Dzip—Kaic, i=1,...,NC. (15)

NCH1
For Model 2 equations (11) and (13) have to be altered to Y zic =1, and

i=1
N
L pc (P:J:C' 1 [l
7 I;c
S PsiC Phisc NHiC Ps,co,c
(10) have to be evaluated fori =1,...,NC.

Tgo,c = 1, respectively. Moreover, the CMB; of Eq.

2.3 Model of the Flashdrum (Index ‘f’)

As mentioned above (see also Fig. 2), it is asssumed that CO is filtered out by the separator
and the modified product stream, designated by (P, z} z, ¢ =1,...,NC + NI —1), enters the
flashdrum according to : :

P=P-(1-zgop); . (16)
_ x!

Dp=——2 _ §=1,...,NC+NI-1 (17)
*  1-zgor |

Further, it is assumed, similar to the reactor, that the molar holdup of the vapour phase is
negligible (n’t = 0), that the pressure within the flashdrum is constant (py = const.), and that
the ﬂashdrum is adiabate. However, contrary to the reactor and the condenser, it is assumed
that the molar and not the volumetric holdup of the liquid in the flashdrum is constant.
This approach facilitates the modeling process a great deal and leads to the following model
equations for the flashdrum:

dn! Vi dz!
CMB;: —oL= LW _ B Gal,~ Ly, i=1,...,NC, 18)
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NC+NI-1 ' ;
SCL: Y =zip=1, (19)
i=1
VLE: ﬂ-‘"fpf (P’ifz"fi.f x{,fPlﬂgagi.;.fs I'=1,._..,NC',_ i {Eﬂ]

In particular, three different scenarios can occur for the ﬂashdmm depending on the operating
conditions:

1. the matter inside the flashdrum is subcooled liquid (L = P, G =0),

2. two phases do actually coexist inside the flashdrum (L = (1 — ¥)P, G = ¥P, where ¥
is defined as ¥ := G/P),

3. the matter inside the flashdrum is overheated vapour (G = P, L =0).

The decision which of these situations has to be taken into consideration at each simulation
step follows from an energy balance. Thus, it is possible to deal with transients between the
different scenarios. Again, this problem is tackled by the model using event-functions [5].

2.4 Physical Properties

An important task in the modeling of a chemical plant deals with the specification of the physi-
cal properties of the components involved in the process. A detailed description of the methods
used for our reaction system would be too comprehensive to be given here. Therefore we con-
fine ourselves to stating that the Antoine equation is used to calculate vapour pressures, the
Redlich-Kwong equation is applied in order to obtain fugacity coefficients and molar volumes
of the vapour phase; for a description of activity coefficients the UNIQUAC-correlation is used;
the Cavett equation leads to molar volumes of the liquid phase. For the enthalpies of the liquid
phase we make use of Watson's equation and a polynomial approach yields the enthalpies of
the vapour phase [8].

All data used for the models in this pubhcﬂ.tmn are taken from the Durtmund Physma.l Prop-
erties Data Bank (DDB).

3 Results

In this section some simulation results are presented. Two-phase Model 1 is used for comparisons
of its nonlinear behaviour with results obtained for the one-phase model proposed in [9].

In a second step the two-phase Models 1 and 2 are compared with regard to agreement with
measured data from the real plant.

3.1 Nonlinear analysis

For investigations of the nonlinear behaviour we restrict ourselves to the reactor-condenser
system, i.e., we eliminate the flashdrum and hence the catalyst recycle from Model 1. This is
done in order to allow a comparison with the results obtained for the simple one-phase model
of the reactor without condenser as described in [9].

In particular, it has been shown ([9]) that the one-phase model exhibits strong igni-
tion/extinction phenomena. This implies that during startup the reactor, depending on the
initial conditions, can either tend towards an undesired low-production steady state as ahcmm
in Fig. 3 or to a desired high-production steady state.

Instead, the more detailed two-phase model predicts negligible hysteresis phenomena and the
desired high-production steady state is rapidly approached as depicted in Fig. 4.



HKBT—-99__ : : 21 : Haywssie py st Josl TY

mi 1
i 0.8
| 08}
§ 500- o SRR 1
R %0_;; ......
o Tl M LY
inchd =i
300 ) e
o GOa Tt 1m0 R 07 T B8 T heddial 2
time [h} tme [h]

- Figure 3: Predicted startup behaviour of the one-phase model for a given catalyst feed mole
fraction z'g, , the reaction extinguishes.
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Figure 4: Predicted startup behaviour of the two-phase model for 2 given catalyst feed mole
fraction =g, p, the reaction ignites.

3;2 Comparison with measured data |

Table 1 presents results obtained with the two-phase models. Column 1 contains measured data
from the plant, in column 2 results from a simulation of the two phase model with infinite CO-
solubility (Model 1) are displayed and column 3 contains the corresponding simulation results
originating from the model which assumes ideal solubility of CO in the reaction mixture (Model
2).
Obviously, Model 2 leads to much better results than Model 1, especially as far as reactor
- temperature and streams are concerned. Moreover, the fact is striking that both models yield
good agreement of the simulated mole fractions with measured data.

4 Conclusions and Perspectives

A two-phase model for the production of acetic acid has been presented. It has been shown that
this model is an obvious improvement to the one-phase model described in [9]. Moreover, it has
been shown by comparisons with measured data that neglecting the finite solubility of CO in
the liquid mixture inside the reactor leads to only modest results as far as reactor temperature
- and process streams are concerned whereas even a simple approach like ideal solubility yields
considerable improvements.
Further investigations will have to tackle the problem of describing the finite solubility of CO
also inside the flashdrum. Then investigations of the nonlinear steady state and the dynamic
~ transient behaviour of the overall system including reactor, condenser and flashdrum should be
taken into consideration. Interesting phenomena can be expected, especially due to the closed-
loop character of the system with catalyst recycle.
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Finally, modeling and simulation of the separation system shown in Fig, 1 will lead to a complete
model of the Monsanto process. This complete model should also serve as a first step towards

Model 2
_ Product flow rate P 22 1.0531 0.42725 1.1418
Temperature inside reactor Tx[K] 458 505.34 436.54 -
Acetic acid z'y_g g [] 0.54334 0.51751 0.57702
COzgor 0.001651 0.0277 0.0120
Methanol &0 5 [ 0.000623 |/ 0.302-10~° | 0.832 -10°© |
Methyl iodide s ¢ [ 0.031974 0.06054 | 0.033827
Rhodium catalyst 2, p [ 1.319 -10~* ]2.268 -10~° | 0.195 -10-2 |
| WaterdgognH 0.42230 0.39403 0.37517
[ Product fiow rate G [F24] 0.29169 0.27498 0.28579
Acetic acid 2} [ 0.43982 0.43232 0.43231
Methanol 24,05 ¢ [ _0.001514 | 0.453-10-% | 0.162 -10~°
Methyl iodide 7, ; [ 0.11035 0.11523 | 0.11522
Water 24y ¢ [ 0.44565 0.45245 0.45247
$=G/P[] = 0.27525 | 0.66538 0.25334
Liquid recycle L [E29] 0.76804 0.13828 0.84230
Acetic acid 27y ; [ 0.58480 0.63691 0.63558 |
Methanol Zh,.0x ¢ [ 0.000278 [[0.162-10~° [ 0.577- 10" |
Methyl iodide z',; ; [] 0.001931 0.006775 | 0.00676
Rhodium catalyst z7%; . [ 1.811-10~* [ 5.085-107 | 2.646 - 103
Water 7 o 7 [ [ 041281 "0.35580 0.35506

¥
Table 1: Comparison of the two two-phase models

plantwide control strategies which will be the ultimate objective of further research.

5 Notation

AHpg
F,D,K,P,B,G,L

_ molar enthalpy of reaction [kJ/kmol]
. total molar flow rates defined in Fig. 2 [£m]

mole fraction of component i in subsystem k € {R,C, f} [-]

T k

o brutto reaction rate [Z¢l]

v stochiometric coefficients [—]

Vv volume [m?] and molar volume [1_,’:—11] , respectively
H, h entahlpy [kJ] and molar enthalpy [{2L;], respectively
T temperature [K]

p pressure [Pa]

w fugacity coefficient [—]

¥ activity coefficient [—]

t time [3]

Subscripts

1

component ¢ € {H0, MeOH, AcH, Mel,CO, Rh}
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S - saturation cﬁndj'tions
0 ; reference state
Superscripts

{0 c liquid phase

" vapour phase
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